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Abstract. To predict the behavior of small-scale WGS membrane reactors, a new model based on the 1D heterogeneous approach was developed. 
Unlike most studies, which rely on 1D pseudo-homogeneous models—typically limited to reactors filled with small catalyst particles which are prone 
to misestimating catalytic effectiveness when larger catalyst grains are used in which mass transfer resistance is usually considered only within the 
dense membrane layer which a valid assumption only when this layer is thick, the proposed model adapts to a wide range of catalyst sizes and 
geometries and also accounts for resistance in the porous stainless steel support of the membrane. This makes it suitable when the dense layer is thin. 
Comparison with experimental data under various conditions validated the model’s ability to predict the behavior of reactors packed with large 
catalyst particles (Vgrain ≈ 169 mm³). Therefore, the developed 1D heterogeneous model accurately predicts membrane reactor behavior without 
resorting to more complex 2D models. Simulations highlighted the significant influence of particle geometry on the catalyst effectiveness factor 
throughout the reactor, while its impact on carbon monoxide conversion, hydrogen partial pressure, and the temperature profile is especially 
pronounced near the reactor inlet. Additionally, results showed that sweep gas use accelerates the reaction and aids hydrogen permeation. Finally, 
CO conversion in the membrane reactor reached 1.3 times that of a conventional fixed-bed reactor. 
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1. Introduction 

Hydrogen production has attracted increasing attention due to 
its vital role as a clean energy carrier and its applications in fuel 
cell technology (Adrover et al., 2009a; Marin et al., 2012). 
Beyond its energy applications, hydrogen is also a key 
component in various industrial processes, including ammonia 
production (El Bazi et al., 2022; Gao et al., 2019), methanol 
synthesis, Fischer-Tropsch processes, and steam gasification (El 
Bazi et al., 2022). Industrially, hydrogen is predominantly 
produced via the Water Gas Shift (WGS) reaction, in which 
carbon monoxide reacts with water vapor to generate valuable 
hydrogen and carbon dioxide, following the chemical equation 
below (Boutikos & Nikolakis, 2010): 

CO + H2O ⇄ CO2 + H2       (1)         ΔHR (298K )= - 41.2 kJ mol-1                                                

This reversible exothermic reaction is thermodynamically 
limited at high temperatures (Gosiewski et al., 2010). One 
approach to overcoming this limitation is the use of membrane 
reactors that selectively permeate either hydrogen or carbon 
dioxide. Hydrogen-permeable membranes are typically made of 
palladium, though other materials such as silica, zeolite, carbon, 
and polymers have also been investigated (Gao et al., 2019). 
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Alternatively, carbon dioxide can be selectively removed using 
ceramic carbonate membranes (Eddi & Chibane, 2020; Huang 
et al., 2022) or silicate-based membranes (Wirawan et al., 2012). 
By continuously separating hydrogen or carbon dioxide from 
the reaction mixture, the membrane reactor shifts the 
equilibrium toward product formation, thereby enhancing 
carbon monoxide conversion (Eddi & Chibane, 2020). This 
enhancement results from a decrease in CO₂ and H₂ 
concentrations, which favors the WGS reaction rate within the 
reactor (Eddi & Chibane, 2020; Sanz et al., 2015). 

Numerous experimental studies (Augustine et al., 2011; 
Basile et al., 2015; Mendes et al., 2011; Sanz et al., 2013; Sanz et 
al., 2014; Sanz et al., 2015) have shown that this technology 
surpasses conventional fixed-bed reactors in terms of hydrogen 
purification and carbon monoxide removal (Sanz et al., 2014; 
Sanz et al., 2015). Moreover, it has been shown that the 
efficiency of this process depends on several parameters, 
including pressure, temperature, the H₂O/CO molar ratio, the 
reactor feed flow rate, and the sweep gas flow rate (Basile et al., 
2015; Sanz et al., 2014; Sanz et al., 2015). 

In this technology, the WGS reaction takes place within a 
fixed-bed reactor packed with a catalyst. The reactor wall is 
typically a composite membrane composed of multiple layers 
(Adrover., 2009b; Israni & Harold, 2011; Marin et al., 2012;  Sanz 
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et al., 2013; Sanz et al., 2015; Wirawan et al., 2012). For instance, 
Pd-based membranes (Sanz et al., 2013) generally feature two 
distinct layers: 

• A porous layer made of stainless steel and Fe-Cr oxide, 
which is in direct contact with the reaction mixture. 

• A dense second layer, primarily composed of 
palladium, covering the first one. 

Hydrogen permeates through these layers and is collected as 
permeate, whereas other components remain in the retentate. 
The sweep gas flows through the permeate side, enhancing 
hydrogen flux through the membrane by reducing the H₂ 
concentration. This reduction lowers the partial pressure on the 
permeate side, thereby increasing the driving force for 
hydrogen permeation (Basile et al., 2015). The most commonly 
used sweep gases are nitrogen and air (Huang., 2005). 

The reactor is primarily packed with two types of catalysts: 

• Low-temperature catalysts (200–300°C), typically 
based on copper oxide (Brunetti., 2007). 

• High-temperature catalysts (300–500°C), primarily 
based on iron oxide (Marin et al., 2012). 

Modeling and simulating membrane reactors (MRs) remain 
essential tool for predicting their behavior, optimizing their 
operation, and guiding their design. The models used can be 
classified into two categories: One-dimensional (1D) and 
multidimensional (2D, 3D) models. 
1D models:  

• 1D pseudo-homogeneous reactor-side models: These 
models do not account for mass and heat transfer 
resistances inside or around the catalytic particles and 
assume plug flow in the reactor. This approach is the 
most widely used in the literature (Adrover et al., 2009a; 
Adrover et al., 2017; Alihellal & Chibane, 2019; Alihellal 
et al., 2024; Bishop & Lima, 2020; Boutikos & Nikolakis, 
2010; Coronel et al., 2011; Eddi & Chibane, 2020; 
Makertiharta et al., 2017; Radcliffe et al., 2016)  due to its 
mathematical simplicity compared to other models. 
However, for large catalyst grain sizes, mass and heat 
transfer limitations become significant, and neglecting 
them can lead to inaccuracies. 

• 1D heterogeneous models on the reactor side: This 
approach is less common for modeling WGS membrane 
reactors (Brunetti et al., 2007; Karagoz et al., 2018; 
Karagoz et al., 2020). These models account for transfer 
limitations and are more suitable for approximating 
experimental results when catalyst grain diameters are 
large (Karagoz et al., 2018). They predict intra-granular 
concentrations, temperatures, and reaction rates 
(Karagoz et al., 2018; Karagoz et al., 2020) and provide a 
better assessment of the impact of grain size on MRs 
(Karagoz et al., 2018). These models assume plug flow 
and adjust reaction rates using an effectiveness factor 
estimated from inter- and intra-granular reaction 
kinetics. Some researchers, such as Brunetti et al. (2007) 
have used the Thiele approach to estimate this factor, 
while Karagöz et al.  (2018) & (2020) employed methods 
such as the Dusty Gas Model (DGM), the Stefan-Maxwell 
Model (SMM), and the Wilke Model (WM).  

1D models remain acceptable for predicting the behavior of 
laboratory-scale reactors with a small diameter (Adrover., 
2009b; Huang., 2005; Radcliffe., 2016). Moreover, several 
studies have demonstrated that these models can accurately 
predict experimental results for this type of membrane reactor 
(Coronel et al., 2011; Garshasbi et al., 2019; Ma & Lund, 2003; 
Mendes et al., 2011; Oyama & Hacarlioglu, 2009). However, 

when the reactor diameter is large, it is advisable to adopt 
multidimensional models to account for radial or even angular 
dispersion, which is further intensified by membrane 
permeation. Multidimensional models can be classified as 
follows: 

• 2D pseudo-homogeneous models account for axial and 
radial dispersion while neglecting intra- and inter-
particle transfer resistances. Radial velocity and 
concentration variations are significant in MRs due to 
mass and heat permeation through the membrane 
(Marin et al., 2012; Sanz et al., 2015). While 
mathematically complex, these models are widely used 
(Lundin et al., 2023; Markatos et al., 2005; Oyama & 
Hacarlioglu, 2009; Piemonte et al., 2015) and provide 
accurate predictions for reactors packed with small 
catalyst particles (dₚ ≪ 1 mm) (Oyama & Hacarlioglu, 
2009). 

• 2D heterogeneous models account for axial and radial 
dispersion, as well as intra- and inter-particle transfer 
resistances. Although less commonly used (Marin et al., 
2012; Sanz et al., 2015) due to their mathematical 
complexity, they offer more accurate predictions for 
reactors with large catalyst particles (dₚ ≫ 1 mm) (Sanz 
et al., 2015). 

• 3D reactor models provide the most comprehensive 
approach, capturing the entire reactor geometry and 
predicting profiles in angular directions, making them 
particularly suitable for modeling asymmetric 
converters (Marin et al., 2012). These models have been 
shown to match experimental data accurately (Chein et 
al., 2014). 

Diffusion through the dense layer is the rate-limiting step in 
membrane permeation (Chein et al., 2014; Coronel., 2011), 
which is why most studies consider only this step when 
estimating the permeate flux (Adrover et al., 2009a; Adrover et 
al., 2017; Brunetti., 2007; Chein et al., 2014; Eddi & Chibane, 
2020; Gosiewski et al., 2010; Karagoz et al.,  2018; Ma & Lund, 
2003; Marin et al., 2012; Smith et al., 2011). However, some 
studies also account for the resistance of the porous support 
layer, particularly when the dense layer is thin and the permeate 
flux is high (Sanz et al., 2013; Sanz et al., 2015).  

This review of 1D and multidimensional MR models 
reveals that few studies have developed MR models 
incorporating intra-particle transfer resistances. 
Moreover, most existing models estimate the permeate 
flux based solely on the resistance of the dense layer. 
However, for reactors packed with large catalyst grains 
(dₚ > 1 mm) and/or equipped with thin dense-layer 
membranes, a model that accounts for both the catalytic 
grain effectiveness factor and all major mass transfer 
resistances within the membrane is necessary. 
Although multidimensional models can account for 
dispersive transport phenomena, they remain 
mathematically complex and computationally 
demanding, and may not be necessary for laboratory-scale 

reactors where radial gradients are often negligible due to the 

small reactor diameter. Therefore, it is of great interest to 
develop a 1D model that integrates both inter- and intra-
particle diffusion limitations as well as the mass transfer 
resistances associated with the various layers of the 
membrane, without resorting to a multidimensional 
approach, especially when the reactor diameter is small. 
This highlights a gap in the literature and provides a 
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strong rationale for developing a new 1D model that is 
both accurate and easier to implement numerically for 
configurations involving large catalyst grains, thin dense-
layer membranes, and small-scale membrane reactors. 

In this study, we developed a novel 1D model to predict the 
behavior of small-scale WGS membrane reactors while 
incorporating key transfer phenomena. Unlike other MR 

modeling studies that employed various heterogeneous 

approaches (Brunetti et al., 2007; Karagoz et al., 2018; Karagoz 
et al., 2020; Marin et al., 2012; Sanz et al., 2015), we employed 
the rigorous heterogeneous approach to estimate the catalytic 
effectiveness factor. We also consider both palladium layer 
diffusion and stainless-steel porous support diffusion when 
estimating permeate flux, unlike most studies that focus solely 
on the dense layer. 

First, we compared our model's results with those of the 1D 
pseudo-homogeneous model and with experimental and 
simulation data from the literature (Sanz et al., 2014; Sanz et al., 
2015). Next, the rigorous heterogeneous model was employed 
to analyze the impact of catalyst geometry and sweep gas flow 
rate on reactor behavior. Finally, we compared the performance 
of the membrane reactor with that of a conventional fixed-bed 
reactor. 

2. Methods 

In the Methods section, we first describe the initial and 
operating conditions as well as the process characteristics 
considered in the simulations, providing justification for their 
selection. This is followed by a detailed presentation of the 
adopted membrane reactor modeling approach and the 
corresponding governing equations. 

2.1 Description of the Characteristics and Operating Conditions of 
the Processes Considered in the Simulation 

The initial simulations aim to determine which of the two 
models developed in this study best aligns with experimental 

data, and to evaluate these models against the more 
comprehensive and mathematically complex 2D heterogeneous 
approach. Therefore, the results obtained from these models 
were compared with those from experimental and modeling 
studies available in the literature (Sanz et al., 2014; Sanz et al., 
2015). 

The feed composition, operating conditions, membrane 
reactor characteristics, and catalyst properties (composition, 
density, volume, shape, and intragranular characteristics) 
considered in the simulation correspond to those described in 
the studies (Sanz et al., 2014; Sanz et al., 2015). The model 
results were assessed by comparing the experimental CO 
conversion with the CO conversion predicted by the models. 

The statistical indicators used for this comparison are the 
Absolute Relative Error (ARE) and the Mean Absolute Relative 
Error (MARE), expressed by the following equation: 

𝑴𝒂𝒓𝒆 =
𝟏

𝒏𝑷
∑ |

𝑿𝑪𝑶,𝒎𝒐𝒅−𝑿𝑪𝑶,𝒆𝒙𝒑

𝑿𝑪𝑶,𝒆𝒙𝒑
| =

𝒏𝑷
𝒊=𝟏

𝟏

𝒏𝑷
∑ 𝑨𝑹𝑬

𝒏𝑷
𝒊=𝟏                           (2) 

 
where nP is the number of experiments, XCO,mod  is the model-
predicted CO conversion, and XCO,exp is the experimental CO 
conversion. 

In the second part of the simulations, a sensitivity analysis 
was performed on the rigorous 1D heterogeneous model 
developed in this work. The studied process corresponds to an 
isoperibolic shell-and-tube system, in which the permeate and 
sweep gases flow inside the tube, while the reaction zone is 
located in the annulus side packed with catalyst. The tube 
consists of a multilayer membrane that includes a porous 
stainless-steel layer in direct contact with the reaction mixture, 
followed by a palladium layer covering it. The shell is 
maintained at a constant temperature, TSh. 

The characteristics of the membrane reactor, the catalyst, 
and the operating conditions used in the simulation are 
presented in Table 1, whereas the process scheme 
corresponding to this section, including a schematic 
representation of the main mass transfer, heat transfer, and 

 
Fig. 1 Process schematic with main phenomena in membrane and catalyst grain 
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chemical reaction phenomena occurring in the catalytic grain   
and in the membrane, is shown in Figure 1. 

The composition of the syngas corresponds to the outlet 
streams of methane reforming reactors or biomass gasifiers 
(Sanz et al., 2014; Sanz et al., 2015). The operating temperature 
falls within the range of experimental conditions used during the 
development of the kinetic equation for the water-gas shift 
(WGS) reaction in the presence of the selected catalyst (Keiski 
et al., 1993). 

The membrane considered in the simulation is similar to the 
one studied in experimental works (Sanz et al., 2014; Sanz et al., 
2015), with permeation characteristics available in the literature 
(Sanz et al., 2013). The length and diameter of the setup fall 
within the range of laboratory-scale membrane reactors 
(Garshasbi et al., 2019; Karagoz et al., 2018; Mendes et al., 2011; 
Sanz et al., 2014; Sanz et al., 2015). A relatively long laboratory 
reactor was chosen to enable the visualization of pressure losses 
along the reactor and temperature profiles in the case of a non-
isothermal reactor. Indeed, a reactor with a short length would 
not provide adequate visualization of the evolution of these 
parameters along the system. 

2.2 Membrane Reactor Modeling 

The adoption of a 1D modeling approach is further 
supported by the small diameter of the membrane reactors 
considered in this study, which limits radial gradients in 
temperature and concentration (Adrover, 2009b; Huang, 2005; 
Radcliffe, 2016). This assumption has proven to be valid, as 
several laboratory-scale studies have shown that 1D models can 
provide results in good agreement with experimental data 
(Coronel et al., 2011; Garshasbi et al., 2019; Ma & Lund, 2003; 
Mendes et al., 2011; Oyama & Hacarlioglu, 2009). 

The computational code for numerically solving the equations 
presented in this section was developed in MATLAB. 

2.2.1. Reactor Modeling 

2.2.1.1. One-Dimensional Heterogeneous Model 

The studied reactor is a fixed-bed reactor packed with a Fe₃O₄-
Cr₂O₃-based catalyst, whose characteristics are provided in 
(Sanz et al., 2015). The membrane forming the reactor wall is 

selectively permeable to hydrogen. The system is fed with a 
mixture of CO, CO₂, H₂, and H₂O. The mass balance results in 
the following ordinary differential equations (Eddi & Chibane, 
2020): 

The reactants (CO, H2O) are impermeable to the membrane. 
Therefore, for these species:  

 
𝒅𝑭𝒊

𝒅𝒛
= ɳ𝒆 

. 𝑭𝑷𝒓𝒆𝒔. 𝒓𝑪𝑶 𝝆𝑩. 𝑺𝑹                                                        (3)   

For CO₂ (impermeable to the membrane): 

𝒅𝑭𝑪𝑶𝟐

𝒅𝒛
= −ɳ𝒆. 𝑭𝑷𝒓𝒆𝒔. 𝒓𝑪𝑶 𝝆𝑩 .  𝑺𝑹                                                 (4) 

 
To calculate the hydrogen molar flow rate inside the reactor, 

considering the hydrogen mole flow rate leaving through the 
permeate, the mass balance is given by the following equation: 

𝒅𝑭𝑯𝟐

𝒅𝒛
= −ɳ𝒆. 𝑭𝑷𝒓𝒆𝒔. 𝒓𝑪𝑶 𝝆𝑩. 𝑺𝑹  − 𝝅 𝑫𝒎 𝑱𝑯𝟐                               (5) 

 
The hydrogen molar flow rate in the permeate along the 

membrane (𝝅 𝑫𝒎 𝑱𝑯𝟐) is also expressed by the following 
differential equation: 

𝒅𝑭𝑯𝟐,𝒑

𝒅𝒛
= 𝝅 𝑫𝒎 𝑱𝑯𝟐                                                                         (6) 

The intrinsic reaction rate of the WGS, −rCO (mol.kg⁻¹.s⁻¹), is 
expressed as a function of reactants and products 
concentrations, as well as the equilibrium constant, through the 
following equation: 

−𝒓𝑪𝑶 =  𝟑𝟕𝟏𝟒. 𝟓 𝒆𝒙𝒑 (
−𝟔𝟔𝟓𝟕𝟖.𝟓𝟏𝟐

𝑹𝒈 𝑻
) 𝑪𝑪𝑶

𝟎.𝟓𝟒𝑪𝑯𝟐𝑶
𝟎.𝟏[𝟏 − 𝜷]         (7) 

 

With:    𝜷 =
𝑪𝑪𝑶𝟐𝑪𝑯𝟐

𝑪𝑪𝑶𝑪𝑯𝟐𝑶

𝟏

𝑲𝒆
  and :  𝑲𝒆 = 𝒆𝒙𝒑 (

𝟒𝟓𝟕𝟕.𝟖

𝑻
− 𝟒. 𝟑𝟑)         (8) 

 

where: Ƞe is the overall effectiveness factor, Fpres is the pressure 
scale-up factor (calculation in (El Bazi et al., 2022)), ρB  is the bed 
density (kg.m⁻³) (formula available in (El Bazi et al., 2022)), SR is 
the reactor cross-sectional area (m²), given by 𝜋. 𝑟𝑚

2    for a simple 
membrane reactor and 𝜋. 𝑟𝑆ℎ

2  - 𝜋. 𝑟𝑚
2   for a shell-and-tube system, 

Table 1  
Characteristics of the membrane reactor, catalyst, and operating conditions considered in the simulation 

Molar feed composition Dry basis: 70% H2-18% CO-12% CO2 

H2O/CO=1 
Membrane reactor characteristics Reaction zone:  

Reactor length: L=25 cm 
Shell diameter: DSh=2.27 cm 
Shell temperature: TSh=623.15 K 
Membrane: Porous stainless support and  
Dense layer of Pd with ePd =10.2 µm 
External diameter of tube: Dm=0.9 cm,  
Internal diameter of tube (permeate zone): Dp= 0.51 cm 

Catalyst composition and density Fe3O4-Cr2O3-1960 kg.m-3 

Intragranular catalyst properties [1] 
Permeate pressure (PP) 1 atm 
Transmembrane pressure (∆P) 2 bars 
Total molar flow (FT)  0.0308 mol.min-1 
Feed temperature 623.15 K 
Catalyst shape and volume Cylinder-Sphere / 169 mm3- 44.6 mm3 -0.52 mm3 

Heat transfer mode  Isoperibolic   
Molar flow of sweep gas (N2) 0 ml.s-1 - 6.72 ml.s-1- 20 ml.s-1 
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rm is the reactor radius (m), rSh is the shell radius (m), JH2 is the 
permeation flow of H2 (mol. s⁻¹.m⁻²), Rg is the ideal gas constant 
(8.314 J.mol⁻¹.K⁻¹), Ci is the concentration of species i (mol.m⁻³), 
and Ke is the equilibrium constant. 

To evaluate the pressure drop ∆P (Pa) along the membrane 
reactor, several studies adopt the Ergun equation (Alihellal & 
Chibane, 2016a; Alihellal & Chibane, 2016b; Bishop & Lima, 
2020): 

   
𝒅𝑷

𝒅𝒛
= −

𝟏−𝜺𝑩

𝜺𝑩
𝟑 (𝟏. 𝟕𝟓 + 𝟏𝟓𝟎

𝟏−𝜺𝑩

𝑹𝒆
)

𝝆𝒖𝒔
𝟐

𝒅𝒑
                                           (9) 

where: εB is the bed porosity, Re is the Reynolds number (El Bazi 
et al., 2022), ρ is the gas density (kg.m⁻³) (El Bazi et al., 2022), us 
is the superficial gas velocity (m. s⁻¹) (El Bazi et al., 2022), and dp 
is the equivalent particle diameter (m). 

For a tube-and-shell isoperibolic membrane reactor, the 
heat balance in the reaction zone considers the heat flux 
released by the chemical reaction, the convective heat 
exchanges between the shell and the reaction medium, between 
the membrane wall and this medium, as well as the heat flux 
evacuated through the permeate. This leads to the following 
differential equation (Meng et al., 2021):                              
                                        

∑ 𝑭𝒊𝑪𝒑𝒊
𝒅𝑻

𝒅𝒁
= ɳ𝒆𝜟𝑯𝑹. 𝑭𝑷𝒓𝒆𝒔𝒓𝑪𝑶. 𝝆𝑩.  𝑺𝑹   − 𝝅. 𝑫𝑺𝒉. 𝒉𝒊𝒏𝒕(𝑻 −

𝑻𝑺𝒉) − 𝑱𝑯𝟐. 𝝅. 𝑫𝒎. 𝑪𝒑,𝑯𝟐. (𝑻 − 𝑻𝑷) − 𝑼𝒎. 𝝅. 𝑫𝒎. (𝑻 − 𝑻𝑷)     (10) 

In the permeate zone (containing either hydrogen alone in 
the absence of sweep gas, or nitrogen and hydrogen in the 
presence of sweep gas), the heat balance considers the heat 
flux associated with the hydrogen feeding this zone and the 
convective heat exchange between the membrane wall and the 
gas mixture flowing through the permeate zone, which leads to 
the following differential equation (Meng et al., 2021): 

(𝑭𝑯𝟐,𝑷𝑪𝒑 𝑯𝟐 + 𝑭𝑺𝑪𝒑 𝑵𝟐).
𝒅𝑻𝑷

𝒅𝒁
= 𝑱𝑯𝟐. 𝝅. 𝑫𝒎. 𝑪𝒑,𝑯𝟐(𝑻 − 𝑻𝑷) +

𝑼𝒎. 𝝅. 𝑫𝒎. (𝑻 − 𝑻𝑷)                                                                   (11) 
 
where: Fi is the molar flow rate of component i in the reaction 
zone (mol. s⁻¹), Cp,i is the molar heat capacity of component i 
(J.mol⁻¹.K⁻¹) (El Bazi et al., 2022), T is the temperature in the 
reaction zone (K), ΔHR is the reaction heat for WGS (J.mol⁻¹), 
hint is the individual heat transfer coefficient for packed bed 
reactor side (W. m⁻².K⁻¹), TSh is the shell temperature (K), Um is 
the overall heat transfer coefficient between the permeate and 
the reaction zone (W. m⁻².K⁻¹), TP is the permeate zone 
temperature (K), FS is the molar flow rate of the sweep gas (mol. 
s⁻¹). 

The expression for ΔHR is given in (El Bazi et al., 2022), while 
the estimation method for hint can be found in (El Bazi et al., 
2023). The overall heat transfer coefficient is calculated using: 

  𝑼𝒎 =
𝟏

𝒉𝒊𝒏𝒕
+

𝑫𝒎

𝑫𝑷
.

𝟏

𝒉𝑷
                                                                     (12) 

 

where hP denotes the convective heat transfer coefficient in the 
permeate (W. m⁻².K⁻¹) (Olatunji et al., 2018). 
The molar flow rates, temperatures, and pressure are well 
known at Z=0 (Table 1), so the system of ordinary differential 
equations (3-6 and 9-11) is solved using the fourth-order Runge-
Kutta method. For a conventional fixed-bed reactor, JH2=0, and 
all equations are considered except (6) and (11). For Equation 
(10), heat transfer terms between the reactor and the permeate 
are not considered for this technology. 

2.2.1.2. 1D Pseudo-Homogeneous Model 

The equations of this model are similar to those of the 1D 
heterogeneous model; however, in this case, we assume ηe = 1. 
Indeed, mass and heat transfer limitations between the catalyst 
and the gas flowing through the reactor are neglected in this 
approach. 

2.2.2. Membrane Modeling 

Mass transport through the membrane can be described by 
considering two main resistances to mass transfer (Sanz et al., 
2013), as illustrated in Figure 1 
The first is associated with the porous stainless-steel layer. In 
this region, the permeation flux of hydrogen (JH2) is expressed 
as a function of temperature and the partial pressure difference 
across the layer: 

 𝑱𝑯𝟐 = 𝟐. 𝟖. 𝟏𝟎−𝟓𝑻−𝟎.𝟓. (𝒎𝒐𝒍. 𝒔−𝟏𝒎−𝟐. 𝑷𝒂). (𝑷𝑯𝟐 −     𝑷𝑯𝟐𝒊  )          (13)  

The second resistance corresponds to the palladium layer, 
where hydrogen permeation follows Sievert's law. The 
hydrogen flux is given by: 

𝑱𝑯𝟐 = 𝒆𝒙𝒑 (−𝟑. 𝟏𝟗 − 
𝟐𝟖𝟎𝟑

𝑻
) . (𝒎𝒐𝒍. 𝒔−𝟏𝒎−𝟐. 𝑷𝒂−𝟎.𝟓). (𝑷𝑯𝟐𝒊

𝟎.𝟓 − 𝑷𝑯𝟐𝒑
𝟎.𝟓   )     (14) 

 
where PH2 and PH2i correspond to the partial pressure of 
hydrogen in the reaction zone (Pa) and at the interface between 
the porous stainless steel (PSS) layer and the palladium (Pd) 
layer, respectively. The partial pressure of hydrogen in the 
reaction zone (PH₂) is determined using Dalton’s law: 

 𝑷𝑯𝟐 =  
𝑭𝑯𝟐

∑ 𝑭,𝒊
. 𝑷                                                                               (15) 

 
In the absence of a sweep gas, the hydrogen pressure in the 

permeate equals the permeate pressure Pp (Pa). When a sweep 
gas with a molar flow rate FS (mol·s⁻¹) is present, the hydrogen 
partial pressure in the permeate (PH2p) is calculated using 
Dalton’s law (Alihellal & Chibane, 2016b): 

  𝑷𝑯𝟐𝒑 =  
𝑭𝑯𝟐,𝒑

𝑭𝑯𝟐,𝒑+𝑭𝑺
. 𝑷𝒑                                                                    (16) 

2.2.3. Catalyst particle model and Estimation of ηe for the Rigorous 
Heterogeneous Model 

The modeling of the catalytic grain focuses on the inter- and 
intra-particle phenomena presented in Figure 1. 

The establishment of the intragranular mass balance leads 
to differential equations with boundary condition problems as 
follows (El Bazi et al., 2023): 

For Reactants:       

 𝑫𝒆,𝒊
𝟏

𝒓𝒒

𝒅

𝒅𝒓
(𝒓𝒒 𝒅𝑪𝒊

𝒅𝒓
) + 𝝆𝒄𝑭𝑷𝒓𝒆𝒔𝒓𝑪𝑶(𝒓) = 𝟎                                    (17) 

For Products: 

 𝑫𝒆,𝒊
𝟏

𝒓𝒒

𝒅

𝒅𝒓
(𝒓𝒒 𝒅𝑪𝒊

𝒅𝒓
) − 𝝆𝒄𝑭𝑷𝒓𝒆𝒔𝒓𝑪𝑶(𝒓) = 𝟎                                (18) 

where: De,i is the effective diffusive coefficient of the species i, 
calculated based on Knudsen diffusivity (m².s⁻¹) (El Bazi et al., 
2022), r represents the intraparticle spatial position (m). For 
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cylinders or spheres, r varies between 0 and the radius, the 
factor q is equal to 1 for a cylinder and 2 for a sphere, ρc is the 
catalyst density (kg.m⁻³) and rCO(r) is the reaction rate at the 
position r. 

At the center of the particle (r=0), the reactants 
concentrations are minimal, while the product concentrations 
are maximal, leading to the following condition:                                         

  
𝒅𝑪𝒊

𝒅𝒓
(𝒓 = 𝟎) = 𝟎                                                                         (19) 

The catalytic particle is surrounded by a gas film, where 
mass and heat transfer occur between the catalyst surface and 
the bulk gas (figure 1). The mass flux exchanged between the 
bulk gas and the catalyst surface is expressed as: 

𝐾𝐶,𝑖(𝐶𝑖,𝑓 − 𝐶𝑖,𝑠) = 𝐷𝑒,𝑖
𝑑𝐶𝑖

𝑑𝑟
(𝑟 = 𝑅 )                                         (20) 

The energy balance around the particle leads to the 
following equations: 

For Reactants: 

 ℎ(𝑇𝑠 − 𝑇𝑓) = −𝐷𝑒,𝑖
𝑑𝐶𝑖

𝑑𝑟
(𝑟 = 𝑅)  )∆𝐻𝑟                                  (21) 

For Products: 

ℎ(𝑇𝑠 − 𝑇𝑓) = 𝐷𝑒,𝑖
𝑑𝐶𝑖

𝑑𝑟
(𝑟 = 𝑅 )∆𝐻𝑟                                         (22) 

where: KC,i is the mass transfer coefficient of species i (m.s⁻¹), 
with its calculation formula provided in (El Bazi et al., 2022), Ci,f  
is the molar concentration of species i in the bulk gas (mol.m⁻³), 
Ci,s is the molar concentration of species i at the particle surface 
(mol.m⁻³), h is the heat transfer coefficient between the particle 
surface and the bulk gas (W. m⁻².K⁻¹) (El Bazi et al., 2022), Ts 
and Tf are the temperatures at the particle surface and the bulk 
gas (K), respectively, R is the radius of the catalytic particle (m). 

The particle is considered isothermal (El Bazi et al., 2023) 
if: 

      |
∆𝐻𝑅.𝐷𝑒,𝐶𝑂.𝐶𝐶𝑂,𝑠

𝜆𝑒
| ˂0.1                                                            (23) 

where λe  is the effective thermal conductivity of the particle 
(W. m⁻¹.K⁻¹) (El Bazi et al., 2022). 

For an isothermal particle, the concentrations and the 
temperature at the grain surface, as well as the intragranular 
concentrations of the chemical species involved in the WGS 
reaction, are obtained by numerically solving the system of 
differential equations (17-20) and (21) applied to CO. The 
numerical method used to solve this boundary value problem is 
the orthogonal collocation method, employing eight internal 
collocation points and two external collocation points, 
corresponding to the particle surface and center. This method 
is widely used for solving diffusion-reaction differential 
equations (El Bazi et al., 2022; El Bazi et al., 2023). The number 
of collocation points was determined based on previous studies 
(El Bazi et al., 2022; El Bazi et al., 2023). 

The concentrations at the particle center, the concentrations 
and temperature at the particle surface, as well as the 
intragranular concentrations at various intragranular positions, 
are employed in equation 7 to estimate the reaction rates −rCO

(r) at different collocation points. These reaction rates are 
subsequently employed to determine the overall effectiveness 
factor for various granular geometries (Villermaux., 1993): 

For a Cylinder: 

  ɳ𝒆 =  
𝟏

𝒓𝑪𝑶,𝒇.𝑽𝒑
∫ . 𝑭𝑷𝒓𝒆𝒔. 𝒓𝑪𝑶(𝒓)𝑳𝑪. 𝟐. 𝝅. 𝒓. 𝒅𝒓

𝑹

𝟎
                        (24) 

 
For a Sphere:     

ɳ𝒆 =
𝟏

𝒓𝑪𝑶,𝒇.𝑽𝒑
∫ . 𝑭𝑷𝒓𝒆𝒔. 𝒓𝑪𝑶(𝒓). 𝟒𝝅𝒓𝟐𝒅𝒓

𝑹

𝟎
                                   (25) 

 
where: rCO,f is the reaction rate in the bulk gas (mol. kg⁻¹. s⁻¹), Vp 
is the volume of the catalytic particle (m³), LC is the length of the 
cylindrical catalytic particle (m). 

There exist other expressions of ηe adapted to different 
particle shapes, making the rigorous heterogeneous model 
applicable to various catalyst grain geometries (Villermaux., 
1993). 

3. Results and Discussion 

3.1. Comparison of the Results of the Developed Models with 
Experimental and Simulated Data from the Literature: Effect of 
GSHV, T, H₂O/CO, and P on XCO 

Figures 2.a, 2.b, and 2.c compare the experimental data from 
the study (Sanz et al., 2015), the predictions of the 
corresponding 2D heterogeneous model (2D het), and the 
results obtained using the models developed in the present 
study. These figures illustrate the effect of GSHV (gas-hourly 
space velocity measured at s.t.p., h-1), temperature, and the 
H₂O/CO ratio on carbon monoxide conversion (XCO). Figure 3 
further investigates the influence of transmembrane pressure on 
XCO by comparing the experimental data from the study (Sanz et 
al., 2014) at different temperatures with the simulation results 
obtained using the models proposed in this work. Table 2 
presents a summary table comparing the CO conversions (XCO) 
obtained experimentally in the papers (Sanz et al., 2014) and 
(Sanz et al., 2015) with those obtained in the present study using 

the 1D heterogeneous model.  
The results presented in these figures demonstrate a good 

agreement between the predictions of the rigorous 1D 
heterogeneous model (1D het) developed in this study and the 
experimental data from (Sanz et al., 2014; Sanz et al., 2015). In 
contrast, the 1D pseudo-homogeneous model (1D pseud-hom) 
significantly overestimates the experimental values. 
Specifically, the mean absolute relative error (MARE) for the 1D 
heterogeneous model in predicting the effect of GSHV on XCO is 
0.09, compared to 0.33 for the 1D pseudo-homogeneous model 
and 0.03 for the 2D model in (Sanz et al., 2015). For the effect of 
temperature on XCO, the MARE is 0.069 for the 1D 
heterogeneous model, 0.17 for the 1D pseudo-homogeneous 
model, and 0.082 for the 2D model in (Sanz et al., 2015). 
Regarding the influence of the H₂O/CO ratio, the 1D 
heterogeneous model yields a MARE of 0.13, close to the 0.1 
reported for the 2D model in (Sanz et al., 2015), whereas the 1D 
pseudo-homogeneous model exhibits a much higher error of 
0.41. Finally, for the effect of transmembrane pressure on XCO, 
the MARE is 0.051 for the 1D heterogeneous model, compared 
to 0.15 for the 1D pseudo-homogeneous model. Overall, the 
maximum MARE for the 1D heterogeneous model remains 
below 13%, placing it in the same order of magnitude as the 
more computationally complex 2D heterogeneous model. 

It is also observed that the 1D pseudo-homogeneous model 
is unreliable for predicting the behavior of a membrane reactor 
packed with large-diameter catalyst grains (dp ≥ 6 mm) (Sanz et 
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al., 2014; Sanz et al., 2015). This model significantly 
overestimates XCO values compared to experimental data, as it 
does not account for inter- and intra-granular mass transfer 
limitations, which slow down the reaction and consequently 
reduce reactant conversion. The lowest XCO values are 
predicted by the 2D heterogeneous model. In addition to 
incorporating mass transfer resistances both around and within 
the catalyst particles, this model accounts for dispersive effects, 
which further slow the reaction and reduce XCO. 

The deviations observed in the heterogeneous models, 
while remaining within an acceptable range, can be attributed 
to several factors: 

• Inaccurate prediction of dispersive phenomena. 

• Imprecise estimation of intra-granular parameters or 
membrane permeability. 

• Other potential sources of uncertainty in the model 
assumptions and experimental conditions. 

Figure 2.a illustrates a decrease in XCO with increasing 
GSHV. This trend can be attributed to the higher volumetric 

  

 
Fig. 2. Effect of operating conditions on XCO: Comparison between experimental data (Sanz et al., 2015), 2D model results (Sanz et al., 2015), 
and 1D model results (this study). (a) Effect of GSHV (ΔP = 2 bars, T = 350°C, H₂O/CO = 1), (b) Effect of T (ΔP = 2 bars, GSHV = 5000 h⁻¹, 
H₂O/CO = 1), (c) Effect of H₂O/CO (ΔP = 2 bars, GSHV = 5000 h⁻¹, T = 350°C) 

 
 
Table 2  

Comparative table of CO conversion (XCO): experimental results from Sanz et al. (2014–2015) vs. simulated results from the 
present study using the 1D rigorous heterogeneous model 

Study  Parameter   XCO 
Experimental 

XCO model 
 

ARE  Mare 

Sanz et al. 2014 ∆P/T (bars/°C) 2/350 0.47 0.53 0.12 0.051 
2/380 0.55 0.54 0.02 
2/400 0.56 0.53 0.05 
3/350 0.61 0.66 0.08 
3/380 0.64 0.65 0.02 
3/400 0.655 0.65 0.008 

Sanz et al. 2015 GHSV (h-1) 4000 0.55 0.59 0.07 0.09 
4500 0.525 0.56 0.06 
5000 0.47 0.53 0.12 
5500 0.45 0.5 0.11 

Temperature  350 0.47 0.53 0.12 0.069 
381 0.55 0.54 0.02 
400 0.565 0.53 0.06 

H2O/CO ratio 1 0.47 0.53 0.12 0.13 
2 0.6 0.68 0.13 
3 0.63 0.72 0.14 
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feed rate at higher GSHV, which reduces the contact time 
between reactants and the catalyst, thereby lowering CO 
conversion. Based on the results in Figure 2.b, except for the 
curve corresponding to the 1D pseudo-homogeneous model, it 
can be observed that XCO slightly increases with rising 
temperature. This slight increase in XCO can be attributed to two 
opposing effects of temperature: on one hand, the increase in 
temperature enhances the kinetic constant and reactant 
concentrations, which favors an increase in the reaction rate. On 
the other hand, according to Le Chatelier’s principle, to 
counteract the temperature rise, the thermodynamic 
equilibrium shifts in the direction of the reverse reaction, leading 
to a decrease in the thermodynamic equilibrium constant, Ke, as 
T increases. This, in turn, slows down the reaction rate and thus 
limits the increase in CO conversion. This limiting effect is less 
noticeable for the membrane (MR) compared to the 
conventional fixed-bed reactor  (El Bazi et al., 2022), due to the 
evacuation of hydrogen through the membrane, which leads to 
higher reaction rates. 

For the 1D pseudo-homogeneous model, which does not 
account for inter- and intra-particle mass transfer resistances, 
the increase in temperature results in a slight reduction of XCO. 
Under the assumptions of this model, the increases in the kinetic 
constant and reactant concentrations induced by the 
temperature rise are not sufficient to counterbalance the 
decrease in the equilibrium constant caused by this temperature 
increase. Except for the 2D heterogeneous model curve, Figure 
2.c shows a significant increase in XCO as the H₂O/CO ratio rises 
from 1 to 2, followed by a slight increase as the ratio increases 
from 2 to 3. The pronounced rise in XCO in the first part of the 
curves is attributed to the higher H₂O concentration, which 
enhances the reaction rate (see Eq. 7). The subsequent 
slowdown in the XCO increase is caused by a dilution effect due 
to the additional water. As the water concentration in the 
reaction zone increases, the CO concentration decreases, 
leading to a lower reaction rate. Furthermore, the reduction in 
hydrogen partial pressure resulting from this dilution decreases 
the H₂ permeation flow, hindering the equilibrium shift toward 
product formation. The increase in XCO with a higher H₂O/CO 
ratio is less pronounced for the 2D heterogeneous model, as it 
accounts for dispersive phenomena that further limit reactant 
conversion. In practice, increasing the water concentration in 
the reaction medium helps prevent carbon deposition on the 
catalyst (Sanz et al., 2015). 

Figure 3 illustrates that an increase in transmembrane 
pressure enhances XCO. Pressure serves as the driving force for 
hydrogen permeation through the membrane, and its increase 
results in a higher H₂ permeation flow, facilitating the 
equilibrium shift toward product formation and accelerating 
reactant consumption. Additionally, higher pressure enhances 
the reaction rate by increasing the scale-up factor (Fpress) (El Bazi 
et al., 2022) and the concentrations of H₂O and CO. 

Given its satisfactory agreement with experimental data, the 
rigorous 1D heterogeneous approach is adopted for the 
remainder of this study. 

3.2. Impact of Catalyst Particle Geometric Characteristics on 
Membrane Reactor Behavior 

Figures 4a, 4b, and 4c illustrate the effect of catalyst 
geometric characteristics (shape, volume) on catalyst 
effectiveness factor, PH₂, XCO, and temperature (T) along the 
membrane reactor. This section of the study considers the feed 
flow rate, molar composition, catalyst properties, reactor and 
membrane characteristics, feed temperature, transmembrane 
pressure, and permeate conditions, as presented in Table 1. The 
heat transfer mode of the membrane reactor is also provided in 
Table 1, assuming no sweep gas is used. 

The results in Figure 4.a examine two catalyst geometries 
(cylindrical and spherical) with a particle volume of 169.5 mm³. 
This figure is characterized by a rise in PH2 at the upstream 
positions of the reactor, followed by a decrease in this 
parameter throughout the rest of the converter. At the reactor 
inlet, high reactant concentrations lead to a high reaction rate 
(Eq. 7) and enhanced hydrogen production, causing an increase 
in hydrogen partial pressure. As the reaction progresses, 
reactant concentrations decrease while product concentrations 
increase, which reduces the reaction rate (Eq. 7).  Meanwhile, 
the increasing PH2 enhances hydrogen permeation through the 
membrane (Eq. 13). In the more advanced positions of the 
reactor, more hydrogen is removed through the membrane than 
is produced by the WGS reaction, resulting in a decline in PH2. 
A similar PH2 profile was reported in the study by Adrover et al. 

(2017). According to the same figure, spherical particles exhibit 
the highest effectiveness factor. This is because the spherical 
shape provides a larger surface area exposed to the surrounding 
fluid (Ap in m²), enhancing contact with the reaction medium 
compared to the cylindrical shape. As a result, diffusional 
resistance is greater for cylindrical particles. This occurs 

 
Fig. 3 Effect of ∆P on XCO at different temperatures: Comparison of experimental results (Sanz et al., 2014) and 1D model simulations (this 

study), with GHSV = 5000 h⁻¹ and H₂O/CO = 1 
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because the effective diffusional path length ( 𝑙𝐶 =
𝑉𝑝

𝐴𝑝
 ) is longer 

for geometries with a smaller surface area exposed to the fluid 
(Mandic et al., 2017). The consequence of this higher 
effectiveness factor in spherical grains is greater reaction 
activity at the reactor inlet, resulting in a higher CO conversion 
for this geometry (Figure 4.b) and leading to higher hydrogen 
productivity. Due to their higher effectiveness factor, spherical 

particles exhibit greater reaction activity at the reactor inlet, 
leading to higher CO conversion (Figure 4.b) and increased 
hydrogen productivity. Consequently, the retentate PH2 is higher 
at the reactor inlet for this geometry (Figure 4.a). However, the 
increase in H₂ concentration inside the reactor also slows down 
the reaction rate in the rest of the reactor (Eq. 7). As a result, 
despite the superior effectiveness factors of spherical particles, 
simulations did not reveal significant differences in XCO at the 
reactor outlet. Specifically, XCO is 0.64 for spherical particles and 
0.62 for cylindrical particles (Figure 4.b). It is also noted that 
from Z = 0.12 m onward, the PH2 profiles for both shapes 
become very similar (Figure 4.a). This convergence in PH₂ 
profiles throughout the rest of the reactor results in similar 
hydrogen permeation flow rates (Fₕ₂,ₚ) for both shapes (Eqs. 6, 
13). The simulations indicate that Fₕ₂,ₚ is 2.1× 10⁻⁴ mol·s⁻¹ for 
spheres and 2.026× 10⁻⁴ mol·s⁻¹ for cylinders. Figure 4.c 
explores the effect of three different particle volumes (0.5 mm³, 
44.6 mm³, and 169.5 mm³) for a spherical geometry. The results 
clearly show that smaller particles exhibit a higher effectiveness 
factor due to reduced intragranular diffusion limitations (Mandic 
et al., 2017; Wang et al., 2001; Zhang et al., 2014). This 
enhancement in catalyst effectiveness factor for smaller 
particles increases reaction activity, leading to higher CO 
conversion at the reactor inlet for the smallest particle volume 
(0.5 mm³, Figure 4.b) and greater hydrogen productivity in 
regions closer to the converter inlet, as indicated by higher PH2 
values in the retentate for these positions. However, as 
previously observed, the rise in H₂ concentration inside the 
reactor slows down the reaction rate. Consequently, despite the 
superior effectiveness factor of smaller particles, simulations did 
not reveal significant differences in XCO at the reactor outlet (XCO 
≈ 0.65 for all three particle sizes studied), which is consistent 
with the results of Marin et al. (2012), nor in PH₂ profiles at 
advanced positions along the reactor. From Z=0.06 m onward, 
the PH2 profiles overlap for all three volumes (Figure 4.c). This 
overlap results in similar hydrogen permeation flow rates, 
approximately 2.1×10-4 mol. s-1 for all three particle sizes. 

The analysis of the effect of particle shape on the 
temperature profile inside the reactor (Figure 4.d) shows that 
the temperature increase at the reactor inlet is more 
pronounced for a reactor packed with spherical particles 
compared to one filled with cylindrical particles of the same 
volume. This can be attributed to the higher effectiveness factor 
of the spherical shape, which leads to an increased reaction rate 
at the reactor inlet and, consequently, greater heat release from 
the chemical reaction. Furthermore, simulations indicate that 
the individual heat transfer coefficient on the reactor side (hint) 
is lower for the 169.5 mm³ spherical particles than for the 
cylindrical particles of the same volume (hint ∈ [30–38.6] 
W·m⁻²·K⁻¹ for spheres and hint ∈ [48.5–59] W·m⁻²·K⁻¹ for 
cylinders). These lower heat transfer coefficients limit heat 
dissipation toward the shell in the membrane reactor packed 
with spherical particles. 

Comparing the temperature profile of a reactor packed with 
spherical catalyst particles (previously discussed) to that of a 
reactor packed with smaller spherical particles (0.5 mm³, Figure 
4.d) reveals that the temperature rise at the reactor inlet is less 
pronounced for the latter. Although smaller particles exhibit 
higher effectiveness factors—resulting in increased reaction 
rates and, consequently, greater heat release at the reactor 
inlet—they also enhance heat dissipation toward the shell. 
Simulations indicate that the individual heat transfer coefficient 
(hint) for these smaller particles ranges from 133.1 to 177.6 
W·m⁻²·K⁻¹, which is significantly higher than that observed for 
the reactor packed with 169.5 mm³ spherical particles. This 

     
  

   

 

 
Fig. 4 Effect of particle geometry on membrane reactor 
performance: (a) Particle shape influence on PH₂ and ηₑ, (b) shape 
and size effects on XCO, (c) volume impact on PH₂ and ηₑ, and (d) 
shape and volume effects on temperature Profile 
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result may be attributed to the smaller particle diameters and 
the lower bed porosity in reactors packed with finer particles. 

Results obtained using Equation (9) indicate that particle 
shape has no significant impact on pressure drop, which 
remains almost negligible under the studied conditions for a 
particle volume of 169.5 mm³. However, a pressure drop of 
0.0964% is observed for small spherical particles of 0.5 mm³. 
Although this pressure drop is minimal under the examined 
conditions, the impact of small particle size on pressure loss is 
expected to be more significant in industrial-scale reactors.  

3.3. Effect of Sweep Gas Flow Rate on Reactor Behavior 

Figures 5.a, 5.b, and 5.c illustrate the evolution of the hydrogen 
permeation flux (JH₂), carbon monoxide conversion, reaction 
rate, hydrogen pressure in the retentate, and temperature along 
the membrane reactor for different sweep gas flow rates, as 
presented in Table 1. The operating conditions, membrane 
reactor characteristics, and catalyst properties are also listed in 
this Table. The catalyst particles are assumed to be spherical, 
with a volume of 169.5 mm³. 

An increase in the sweep gas flow rate leads to a higher JH₂, 
which is in agreement with the literature (Eddi & Chibane, 
2020). This is because a greater sweep gas flow inside the inner 
tube dilutes the hydrogen in this region, thereby reducing PH₂p. 
Consequently, the hydrogen permeation flow increases (Eq. 14), 
as shown in Figure 5.a. The increase in hydrogen evacuation 
toward the permeate side with the rise in sweep gas flow rate 
leads to a decrease in hydrogen concentration in the retentate, 
which is reflected by a reduction in PH₂ as the sweep gas flow 
rate increases (Figure 5.b). The decrease in hydrogen pressure 
in the retentate results in a lower H₂ concentration in the 
reactor. This, in turn, enhances the reaction rate as the sweep 
gas flow increases (Eq. 7), as observed in Figure 5.a. 

Figure 5.b also highlights the positive effect of the sweep gas 
flow rate on reactant conversion, with XCO increasing from 0.65 
in the absence of sweep gas to 0.87 for an N₂ flow rate of 20 
ml·s⁻¹, confirming previous observations in the literature (Abdel-
Hamid et al., 2018; Boutikos & Nikolakis, 2010; Chein et al., 
2014). This result is attributed to the increase in reaction rate 
caused by the reduction in PH₂ induced by the sweep gas (Figure 
5.a). The rise in hydrogen permeation flow leads to an increase 
in FH₂,p. Simulations indicate that FH₂,p increases from 2.1 × 10⁻⁴ 
mol·s⁻¹ in the absence of sweep gas to 3.315× 10⁻⁴ mol·s⁻¹ at a 
sweep gas flow rate of 6.73 ml·s⁻¹, and further to 3.575 × 10⁻⁴ 
mol·s⁻¹ when the sweep gas flow rate reaches 20 ml·s⁻¹. A 
similar effect of the sweep gas has been observed in methane 
reforming membrane reactors (Coronel et al., 2011). Figure 5.c 
reveals a slight influence of the sweep gas flow rate on the 
temperature profile inside the reactor. Due to the cooling effect 
of the sweep gas, the maximum temperature in the membrane 
reactor decreases from 642.7 K in its absence to 640.3 K at a 
sweep gas flow rate of 20 ml·s⁻¹. Finally, simulations do not 
indicate any significant effect of the sweep gas flow rate on the 
pressure drop inside the membrane reactor. 

3.4. Comparison of the Conventional Fixed-Bed Reactor and the 
Membrane Reactor 

Figures 6.a and 6.b compare the performance of a membrane 
reactor and a conventional fixed-bed reactor in terms of 
effectiveness factor, hydrogen pressure in the converter, carbon 
monoxide conversion, and reaction rate. The operating 
conditions, heat transfer mode, and characteristics of both the 
membrane reactor and the catalyst are summarized in Table 1. 
The catalyst particles are assumed to be spherical with a volume 
of 169.5 mm³, and the process is considered to operate without 
a sweep gas. As shown in Figure 6.a, the presence of the 
membrane has no significant impact on the catalyst, as the 
effectiveness factor profiles along the reactor are nearly 
identical for both processes. However, the hydrogen pressure 
profile in the retentate along the membrane reactor differs from 
that of the conventional fixed-bed reactor. 

In the membrane reactor, the partial pressure of hydrogen 
(PH₂) increases from 1.79 × 10⁵ Pa at Z = 0 m to 1.92 × 10⁵ Pa 
at Z = 0.03 m, before decreasing along the reactor length, 
reaching 1.444 × 10⁵ Pa at Z = 0.25 m. Although hydrogen is 
produced via the chemical reaction, its continuous permeation 
across the membrane results in a progressive decline in PH₂. In 
contrast, in the conventional fixed-bed reactor, PH₂ increases 
from 1.79 × 10⁵ Pa at Z = 0 m to 2.004 × 10⁵ Pa at Z = 0.09 m, 
beyond which it remains approximately constant. This 
stabilization of hydrogen pressure at Z = 0.09 m suggests that 
equilibrium is attained at this position. 

The ability of the membrane reactor to continuously 
evacuate hydrogen leads to higher reaction rates (Figure 6.b), 
as the reduction in hydrogen concentration enhances the 

   
 

   

 
Fig. 5 Effect of sweep gas flow rate on membrane reactor 
performance: (a) Impact on reaction rate (−rCO) and hydrogen 
permeation flux (JH₂), (b) Effect on CO conversion (XCO) and 
hydrogen partial pressure (PH₂), (c) Influence on temperature 
profile 
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reaction kinetics (Eq. 7). Moreover, unlike the conventional 
fixed-bed reactor, where the reaction rate approaches zero at 
the equilibrium position (Z = 0.09 m), the membrane reactor 
shifts the equilibrium, maintaining a nonzero reaction rate 
throughout the reactor. 

The higher reaction rates (-rCO) in the membrane reactor 
result in greater XCO values compared to the conventional 
reactor (Figure 6.b). This finding is consistent with the literature 
(Abdel-Hamid et al., 2018; Adrover., 2009b; Meng et al., 2021). 
In fact, in the conventional reactor, XCO increases from 0 to 
approximately 0.5 between the reactor inlet and the equilibrium 
position (Z = 0.09 m), remaining constant thereafter. In contrast, 
in the membrane reactor, carbon monoxide conversion 
continues to increase along the reactor length, reaching 
approximately 0.65 at the outlet. 

The heat released by the reaction in the upstream region (Z 
≤ 0.03 m), where reaction rates are highest, and the cooling 
imposed by the shell determines the temperature profile in the 
process. Since these factors are nearly identical in both reactors, 
simulations did not reveal any significant differences in 
temperature profiles between the membrane reactor (MR) and 
the conventional fixed-bed reactor(CFBR). Finally, the 
simulations did not show any significant pressure drops along 
the conventional fixed-bed reactor. 

4.  Conclusion 

In this study, dedicated to developing an approach for predicting 
the behavior of a small-scale WGS membrane reactor, we 
demonstrated that the rigorous 1D heterogeneous 

 model provides more accurate predictions of experimental data 
from the literature—obtained under various operating 
conditions (GHSV, temperature, H₂O/CO ratio, 
transmembrane pressure)—compared to the 1D pseudo-
homogeneous model, which remains the most widely used in 
many published studies. Moreover, our analysis underscored 

the significant influence of the catalytic particle's geometric 
characteristics on the catalyst’s effectiveness factor and on key 
parameters at the reactor inlet, including CO conversion, H₂ 
pressure in the retentate, and temperature profile. However, we 
observed that these effects are less pronounced at the outlet of 
the studied membrane reactor. 

The simulations further demonstrated that using a sweep 
gas flow rate of 20 mL·s⁻¹ enhances the permeation flow of 
hydrogen by 58% and increases carbon monoxide conversion 
by 34%. Lastly, the comparison between the studied membrane 
reactor and a conventional fixed-bed reactor revealed that the 
membrane has no significant impact on the effectiveness factor, 
while CO conversion in the membrane reactor is approximately 
30% higher. 

The scale-up from laboratory to industrial applications 
requires the adopting of a 2D model to account for dispersive 
phenomena, which are more pronounced in membrane 
reactors. Our future work will focus on extending the rigorous 
heterogeneous approach developed in this study to a 2D model 
for the investigation of industrial WGS membrane reactors.   
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